Water scrubbing is the most widely used technology for removing CO 2 from biogas and landfill gas. This work developed a rate-based mass transfer model of the CO 2 -water system for upgrading biogas in a packed bed absorption column. The simulated results showed good agreement with both a pilot-scale plant operating at 10 bar, and a large-scale biogas upgrading plant operating at atmospheric pressure. The calculated energy requirement for the absorption column to upgrade biogas to 98% CH 4 (0.23 kW h N m 3 , or 4.2 % of the input biogas) is a significantly closer approximation to the measured value (0.26 kW h N m 3 , or 4.8 % of the input biogas) than has previously been reported in the literature. The model allows for improved design of CO 2 capture and biogas upgrading operations, and can also be a useful tool for more detailed cost-benefit analysis of the technology.
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Introduction
Removal of CO 2 from gas streams is an important process both as a potential step in greenhouse gas sequestration, and for upgrading biogas. Biogas is produced from the anaerobic digestion of organic waste material and is mainly composed of CO 2 (typically 35 -45 %) and CH 4 (typically 55 -65 %) with smaller proportions of H 2 S, water vapour and other trace compounds. This biogas can be combusted directly on site in a boiler or a combined heat and power (CHP) unit. If the electricity and/or heat produced exceeds on-site requirements, however, an alternative option is to upgrade and export the biogas for use where needed.
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The upgrading process produces biomethane, with comparable properties to natural gas, and involves removal of the non-combustible fractions to increase the calorific value of the gas. This can enable the upgraded biogas to meet the standards for injection into a natural gas grid, or for use as a vehicle fuel replacing compressed natural gas (CNG). This is a particularly attractive option in situations where there is insu cient local demand for the heat produced from a CHP plant, making upgrading the most e cient option in terms of overall energy balance.
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Several countries have set their own biomethane standards for use in the gas grid or as a vehicle fuel. Switzerland and Sweden require a 96% and 97 % CH 4 content, respectively.
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The European Committee for Standardisation is currently working to produce a European standard on biomethane. Typically a CH 4 concentration of over 95 % is required for vehicle or gas grid use. To achieve this a signficant portion of CO 2 from biogas needs to be removed. Di↵erent methods are currently employed to achieve this, including pressure swing adsorption, cryogenic, chemical absorption and membrane techniques. 3 Currently the most widely-used method in the biogas industry is the water absorption process. 4 This procedure mixes water and biogas, counter-currently, usually under pressure in a packed column to maximise the gas-liquid contact area. CO 2 is more readily absorbed in water than CH 4 , so in the absorption column more of the CO 2 is removed from the gas stream, increasing the 15 This work compared di↵erent operational pressures as well as gas and liquid flow rates in the absorption column. There is currently a lack of reported studies, however, on modeling of the water absorption technique for the scrubbing of CO 2 from flue gas or biogas.
Methodology Mass Transfer Model
A mass transfer rate-based model was developed to calculate the mass transfer of CO 2 and CH 4 from biogas into water in a packed bed absorption column. This model uses a one dimensional finite di↵erence approach to calculate the concentration at di↵erent points along the column. Figure 1 shows a representation of the counter-current finite di↵erence approximation used, over a di↵erence in column height z. The flow rates are in terms of the biogas of the mass over time equal to zero. The flow rate from figure 1 is given by the product of the cross sectional area (A) and velocity (u).
The mass transfer flux (N) between the gas and liquid phases can be calculated from the overall mass transfer coe cient (K), the interfacial area (a) and the concentration driving and the dissolved concentration in equilibrium with the bulk phase of the gas (c eq ), which can be calculated using Henrys law.
This equation was applied to the gas and liquid phases of the CO 2 and CH 4 in the column using a forward finite di↵erence to approximate the solution to equation 1. The liquid velocity (u L ) was assumed constant over the column height (z).
The overall mass transfer coe cient (K) can be calculated with the mass transfer resistance through both the gas (1/k G H G ) and liquid films (1/k L ), as shown in equation 3 where H G is the Henry's law constant. For both CO 2 and CH 4 the liquid side mass transfer resistance is dominant over the gas side mass transfer resistance.
Many equations have been proposed to calculate the mass transfer coe cients for gas and liquid phases. Hottel et al. 21 and Wang et al. 9 list some of these for packed absorption columns. Equations suggested by Onda et al., 16 Billet and Schultes, 17 Wagner et al. 18 and Table 1 The pressure drop is also an important consideration in packed beds. For the gaseous phase the Ergun equation 23 was used to calculate the hydrodynamic pressure drop throughout the packed bed. The changes in the gas composition and mass as it passes through the column are considered in the model, although advection induced by the pressure drop is not taken into account. The largest contribution to the pressure drop, however, will be from the mass transfer of CO 2 from the gas phase which is absorbed into the liquid phase.
The Peng and Robinson equation of state has been incorporated into the model to take account of the departure from ideal gas behaviour at higher pressures. The constants and mixing rules for the CO 2 and CH 4 in biogas were taken from Peng and Robinson. 24 
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Energy Analysis
The main energy requirements of the water scrubbing process, as highlighted by Bauer et al., 4 are from pumping water (P P ), compressing biogas (P C ) and cooling the compressed gas (P COOL ). In this work the total power requirement (P T ) from these three processes has been calculated to analyse the overall energy requirement, as shown in equation 4.
The power requirement for pumping water (P P ) was calculated from the water density (⇢ L ), gravitational acceleration (g) and liquid flow rate (Q L ) shown in equation 5. In this case,
the mechanical e ciency of the pump (⌘ P ) was assumed to be 60 %.
The total pressure head (H T ) was calculated as the sum of the pressure di↵erence (H COL H AT M ), and the static (H S ) and dynamic (H D ) head as shown by equation 6. The static head was taken as the height of the absorption column, while the dynamic head was calculated from the Darcy Weisbach equation. Table 2 lists the assumed values used to calculate the dynamic head loss, with the Colebrook White equation used to calculate the friction factor.
The pressure di↵erence was taken as that between the atmospheric pressure and the pressure in the column; all pressure heads were expressed in m.
To estimate the power requirement of the compressor, isentropic compression was assumed (equation 7). The number of compression stages (n) was set based on the input and output pressure (p 1 and p 2 , respectively), with an assumed maximum compression ratio of 4.3. The calculated pressure ratio was taken to be equal for each of the compression stages. The heat capacity ratio of biogas ( ) was calculated from the heat capacity at constant pressure and at constant volume of CH 4 and CO 2 , depending on their respective concentrations in the biogas.
The heat capacity values were taken from Poling et al. 20 An isentropic e ciency of 75 % was assumed for the gas compression, while the mechanical e ciency, which takes into account losses from the seals and valves in the compressor, was assumed to be 80 %.
Inter-cooling between the compression stages is required to reduce the high temperatures generated during compression: this was assumed to reduce the temperature of the compressed biogas to 10 K above ambient temperature. The temperature (T 2 ) after compression was calculated from equation 8, where the subscripts 1 and 2 denote the input and output, respectively. The flow rate of coolant (Q COOL ) required to cool the gas by a temperature di↵erence T 2 T 1 was calculated using the gas density (⇢ G ) and specific heat of the gas (c P G ) with water as the coolant. The flow rate of water required in the heat exchanger was calculated from equation 9. The power requirement for cooling the biogas was then calculated from equation 5 using the flow rate of the coolant.
To reduce the quantity of CH 4 dissolved in the water a flash tank can be used downstream of the absorption column, to drop the pressure and encourage desorption of CH 4 . During this process a proportion of the dissolved CO 2 is also released, but the technique can drastically cut overall CH 4 losses from the system. In this work the flash tank was assumed to operate 13 at 2 bar and its performance was estimated by assuming equilibrium conditions. The energy inputs from the flash tank operation include the water pumping, and gas compression of the recaptured CH 4 and CO 2 to re-enter the absorption column.
The water from the absorption column can be regenerated by stripping the remaining dissolved CO 2 in a desorption column. This operates at low or atmospheric pressures and involves a counter-current air flow through random packing to maximise the contact surface area. The liquid flow rate is the same as that pumped through the absorption column; however, it is assumed that the desorption column operates under atmospheric pressure. The energy analysis includes the power requirement for the air blower and the water pump for the desorption step.
A 0.25 kW baseline power consumption for the control of valves and equipment was recorded during the pilot plant operation, 25 and this was therefore added to the simulated energy demand.
Experimental setup
The model developed was validated using both a pilot-scale and a full-scale gas upgrading input biogas stream is compressed to 10 bar and fed from the base of the column. Figure 2 shows a schematic of the pilot plant set-up, taken from Läntelä and Luostarinen.
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The full-scale operational plant in Tohana processes up to 60 m 3 hr 1 of biogas produced from the anaerobic digestion of cattle dung and local wastes. This upgrading unit does not operate at an elevated pressure, but instead relies on a large water flow rate to absorb the CO 2 . The ratio of gas flow rate to liquid flow rate is approximately 1:1, rather than the ratio of approximately 5:1 operated by the pilot plant. The upgrading unit is over 10 m tall and is filled with 25 mm plastic pall rings. Once upgraded the biogas is compressed into cylinders. Table 3 lists the specifications of the two absorption columns.
High liquid or gaseous velocities can result in the absorption column flooding, therefore the column diameter needs to be large enough to prevent this. The flooding limit developed by Billet and Schultes 27 was used in this model; with a recommended liquid design velocity between 70 -80% of this limit. 27 In the case of the pilot-scale column the liquid velocity is high, with a consequent possibility of flooding.
Results and discussion
Mass Transfer Coe cient Comparison
The rate-based mass transfer model was validated from the two absorption columns described in the experimental set-up section. The output from the four di↵erent mass transfer coefficient equations of Onda et al., 16 Wagner et al., 18 
Maćkowiak 19 and Billet and Schultes
17
is shown in figure 3 . Figure 3a compares the predicted CH 4 output concentrations for the pilot-scale plant, and figure 3b for the low pressure, large-scale absorption column in Tohana.
The average output composition of biomethane from the pilot plant was 89% CH 4 and 5% 
Performance Index
A performance index (⇠) was used to quantify the e ciency of the CO 2 removal for the absorption process. The performance index is defined by equation 10 where y r and y e are the mole fractions of CO 2 in the raw and enriched biogas, respectively. 
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Parameters Di↵erence in performance index
Parameter increase Parameter decrease Table 5 Depending on the resources available, and whether water regeneration will be employed, a compromise must be made between the energy usage and water requirement. To achieve 90% CH 4 purity with pressures under 10 bar a substantially larger quantity of water and a larger column would be required. If this water is readily available or can be recycled back into the absorption column then operating at a lower pressure is feasible. Recycling the water requires a CO 2 desorption step using a flash tank or desorption column, with an additional energy cost as shown in figure 8 . The energy requirements of the flash tank and desorption column are approximately equal, as the main energy demand is from pumping the water, which is the same in both cases. Above 10 bar, the flash tank and desorption column consume only a very small fraction of the energy demand, due to the low water requirement at the higher pressure. When operating at a low pressure, the water demand is reduced when operating with a flash tank and desorption column, although the energy demand will increase, and below 4 bar this increase is dramatic.
Energy Consumption
If the biogas is to be compressed and stored at a high pressure after upgrading, it maybe 
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